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 energy and mass balance models of three industrial evaporators suitable for digestate thickening, 

 comparison of the evaporators in terms of their energy performance, 

Vacuum evaporation is an efficient method for reducing the volume of liquid digestate (LD) from biogas plants 
(BGP). Furthermore, thickening LD in BGP contributes to the efficient utilization of waste heat and also reduces 
fossil fuel consumption that is needed for transporting LD. However, the utilization of vacuum evaporation must be 
reasonable, and a comprehensive study should precede the integration of evaporation technology in a particular 
BGP. For this purpose, this study compares selected parameters of three types of industrial evaporators which may 
be suitable for LD thickening. Furthermore, this study provides a mathematical model that describes the mass and 
energy balances of the chosen evaporators and is able to evaluate their energy performance for a given set of input 
variables. 

It was concluded that the forced-circulation evaporator has the highest energy requirements and also requires a 

high cooling performance. This type of evaporator will be interesting for the plant owners only if the cost of power 

generation is extremely low. In terms of consumption of energy and cooling duty, the multi-stage flash evaporator 

is the most efficient and it also requires the least heat transfer area. The falling-film evaporator provides only slightly 

worse performance. 

1. Introduction 

One of the biggest challenges currently facing society is to decrease impact of human activities on the environment 

while maintaining potential for sustainable future development and the wellbeing of future generations. The 

European Union has been a world-leader and strong promoter of environmentally-friendly initiatives and measures. 

The EU has adopted the so called 20-20-20 Strategy, which aims to reduce EU carbon dioxide emissions by 20 % 

(compared to 1990 levels), increase the share of renewable energy sources to 20 %, and increase efficiency in 

energy production by 20 % (in comparison with 2007 predictions) [1]. 

One of the consequences of this EU policy has been an immense increase in the number of BGP. There were more 

than 17 thousand plants in Europe in 2015, and their total capacity exceeds 8.3 GWel [2]. The BGP boom was, 

among others, supported by significant financial aid, which made BGP an attractive investment opportunity and 

facilitated the expansion of this environmentally-friendly technology. 

1.1 Waste heat in biogas plants 

Despite the above developments, BGP also has several disadvantages. One of the most significant is the ineffective 

use of the heat that is produced in cogeneration units. BGP generally uses only 20–40 % of the heat and the rest 

is considered to be waste heat, and is usually not used at all [3], [4].  Yet, there are theoretically several ways to 

utilize the waste heat. The produced heat must be used for heating the fermentor (the main consumer of the heat). 

In addition to this, the heat from BGP could be used in a district heating system, drying digestate, sludge or wood 

sawdust, cooling, and additional power production using ORC or Kalina cycle [3]. One interesting option is the use 

of waste heat for heating greenhouses, in which heat consumption represents the dominant part of total crop 

production costs [5]. It is the distance between BGPs and industrial or populated areas which is often cited as a 

reason that these possible methods for utilization of the heat are rarely explored and executed. Other reasons 

include the quantity and quality of the heat, which ranges from 80–450 °C, seasonal fluctuations in heat demands 

(most heat is produced in the summer) and the low price of fossil fuels [3]. The ORC process is not economically 



viable without incentives since the capital cost of installing ORC is very high and the energy efficiency is usually 

lower than 20 % [6].  

Despite this, many businesses are interested in utilizing the waste heat. If they are efficient in the way they utilize 

the heat, many governments will provide them with increased feed-in tariffs for electricity produced with a 

combination of heat and power generation. Moreover, surplus heat from cogeneration units must be cooled down, 

commonly in air coolers which may obviously consume more expensive electricity. The efficient utilization of heat 

relates to the BGP’s increased efficiency as well as the plausibility of the whole concept. By fully recovering the 

waste heat, the environmental sustainability of biogas electricity production would improve significantly [7]. 

 

1.2 Digestate and its treatment 
BGP owners have to face problems related to the management of large quantities of digestate. There are no 

accurate statistics available, but on average, 15 to 20 thousand m3 of digestate per 1 MWel of installed capacity is 

quoted as being produced annually [8]. If the current BGP capacity in the EU 27, Switzerland, Croatia and Serbia 

amounts to 8.3 GWel [2], digestate production in these countries accounts for more than 120 million m3. Digestate 

is a by-product of anaerobic digestion, and preserves minerals from the original materials (mainly nitrogen, 

potassium, phosphorus, sulphur, calcium and magnesium). It is for this reason that it mostly serves as a fertilizer. 

For some types of plants, digestate can be more beneficial than conventional mineral fertilizers. Generally, it can 

be claimed that, in terms of yield, digestate is somewhere between synthetic fertilizers and livestock manure [9]. 

However, nutrient concentrations in the digestate are rather low. Digestate leaving the fermentor commonly contains 

only between 1.7 to 11.5 % of dry matter, the rest is water [10]. Several reasons can be given for why plant owners 

aim to reduce the amount of water from the digestate, and thus reduce its volume and increase its nutrient 

concentrations. 

The foremost reason is transport and storage costs. Transport costs may amount up to 40 % of all costs incurred 

for small and medium-size BGPs, and their reduction is obviously very much desired [11]. Reducing the demand 

for digestate transport means a reduced consumption of fossil fuels that are used by the transport and application 

technique. Legislation may provide other motivation; operators have limited use of agricultural fertilizers in order to 

protect the quality of surface and ground water [12]. In this respect, Nayal et al. [13] have concluded that N2O 

emmissions connected with digestate’s application as an organic fertilizer are by far the largest contributors to global 

warming in all of the BGP’s life cycle stages. Certain areas with intensive animal and plant production generate a 

surplus of digestate [14]. The owners are then forced to transport it to distant places or have it processed in waste 

water treatment plants. Both options have a significant cost. 

The thickening of digestate and nutrient recovery has become a topical issue and much research has been done 

trying to come up with reasonable solutions. The basic digestate processing method is mechanical separation of 

digestate into solid and liquid fractions. Processing is done using belt filters, screw presses, or decanter centrifuges. 

These methods were thoroughly explored by Hjorth et al. [15]. The solid fraction in the digestate contains more than 

18 % of dry matter (depending on the technology) and LD contains typically 2–6 % of dry matter and accounts for 

most of the original digestate volume. Solid components contain notable amounts of phosphor and ammonia, but 

in a stable form that is not available to plants [16]. The solid fraction of the separation may be directly applied onto 

the field, composted or further dried [12] and combusted [17], pyrolised [18], [19] or carbonized [10]. After 

combustion, the remaining ashes may be processed for phosphorus recovery. Extraction processes used for this 

purpose can be subdivided into thermochemical and wet-chemical technologies [20]. Alternatively, dried digestate 

can be used as a cheaper substitute for synthetic fillers for solid surface materials [21].  

Most nutrients remain in the LD which makes up most of the original digestate volume (up to 90 percent). This is 

the reason why the LD processing is a major problem for all BGPs that perform the mechanical separation. 

Recycling in the anaerobic digestion process [22], ammonia stripping [23], membrane technologies such as 

nanofiltration and reverse osmosis [24], vacuum evaporation [25] or their combination [26] are frequently used 

technologies for the consecutive treatment of LD. NH4+ and P recovery is also possible using selective adsorption 

via porous materials such as zeolites, clays, and resins [20]. Nutrients from LD can be efficiently extracted during 

microalgae cultivation, which provides high-value biomass for biorefinery applications and is also capable of CO2 

fixation and accumulation. However, further research is needed for the wider use of the technology [27]. Apart from 

its general use as a fertilizer in the agricultural sector, digestate-based products may be exploited as a soil 

amendment on the non-agricultural consumer market [28]. The costs of some of the aforementioned technologies 

(in relation to the distance between the fertilized lands and transport costs) are considered in [12]. Evaporation 

seems to be a reasonable choice when utilizing waste heat. 

Vacuum evaporation is a long standing and well tested technology used for thickening (concentrating/reducing 

volume) many types of processes and waste waters. The major benefits of the technology include its operational 

reliability and robustness. On the other hand, major drawbacks include its high energy consumption, especially heat 

energy, which reaches hundreds of kWhth per m3 of the distillate. Considering the fact that there is usually a heat 

surplus in BGPs, at practically no cost, this drawback then becomes a benefit. The low-temperature nature of waste 

heat further enhances its potential for vacuum evaporation in BGP since the waste heat is mostly available as hot 

water used for cooling cogeneration units (at a temperature of 85–90 °C). This temperature is sufficient for 



evaporation under decreased pressure and at a low boiling point. Therefore, vacuum evaporation is a technology 

that can solve both of the above problems; the use of waste heat and the large volume of LD. 

1.3 Vacuum evaporation of digestate: state of the art 
Available studies and papers dealing with use of vacuum evaporators in agriculture usually only list evaporation as 

one of the methods for thickening LD and slurry. However, information about operational parameters and types of 

evaporators are scarce. Rehl and Müller [29] assess evaporation of the digestate in relation to a life-cycle 

assessment, yet there is no operational information in the text. The same relates to a study by Heviánková et al. 

[16] who demonstrated the option to reduce the volume of LD by evaporation down to 15 percent of its original 

volume. Flotats et al. [30] provide facts about the economy of a plant processing slurry from animal production. The 

plant incorporates vacuum evaporation but the authors fail to give any technical information about the evaporation 

process. Hjorth et al. [15] warn against the release of ammonia and volatile fatty acids into the condensate. The 

authors further mention the possibility to reduce the volume of animal slurry down to 92 percent using a one- or 

more-stage vacuum evaporator. Heat consumption reaches 120–130 kWh/t of the processed slurry (based on 

Pedersen [31]).  

Melse and Verdoes [32] researched the economy and quality of products from processing liquid pig slurry combined 

a with vacuum evaporator (using compressed steam), mechanical separation and ammonia stripping. The 

combination of these technologies proved to be the most expensive solution, although no concrete data from 

operation of the evaporator were available. Drosg et al. [12] mentioned evaporators with forced or natural 

recirculation as being the most common type of evaporators for LD thickening. This type of evaporators may be 

arranged in three stages with a temperature gradient of 80 to 55 °C. They are able to reduce the original digestate 

volume by 50 percent; the dry matter concentrations reached 10 to 12 percent (max. 15 percent) and the heat 

consumption reached 300-350 kWh/m3 of the distillate.  

Tampio et al. [26] compared evaporation as a technological part of several scenarios (stripping and reverse osmosis 

included). The authors used other researchers’ data in order to determine the mass and heat balance of the 

evaporation. The LD was heated to 80 °C prior to the evaporation and electricity consumption was set to 5 kWh/t 

of the processed LD. A combination of evaporation and reverse osmosis proved to be the most energy-efficient 

solution; the efficiency increased along with rising transport distances. Flotats et al. [33] describe vacuum 

evaporation as one of the technologies in the whole series of slurry processing. The authors name two- and more-

stage chamber evaporators as the most common types of the processing equipment. The study presents 25–30 

percent of dry matter in the concentrate and a specific consumption of the pilot unit at 21 kWhel and 107-353 kWhth 

per m3 of the processed slurry for a flow rate of 0.5 m3/h. Estimates for a higher capacity (6-8 m3/h) show a 

consumption of 250-280 kWh/m3. It is, however, unclear, what kind of energy this concerns.  

Other studies directly describe the results of experiments. Guercini et al. [34] discuss a semi-continuously running 

pilot unit in BGP. A one-stage evaporator with forced recirculation and falling film consumed 0.87 kWh of heat per 

kg of condensate. The final concentration of dry matter was 12 percent, as opposed to 4.2 percent on the inlet. The 

average flow rate of LD was 140 kg/h, and the digestate was heated with 90 °C cooling water. The paper is unclear 

as to what the temperature of the LD at the inlet of the evaporator chamber was and it further does not say which 

appliances were included in the pilot unit’s total installed capacity of 14 kWel. The authors admit that the efficiency 

of the evaporation was reduced by fouling of the heat-exchanging surface.  

Operation of a laboratory semi-continuous evaporator was studied by Chiumenti et al. [35], specifically in terms of 

the evaporation products’ quality. The authors researched one-stage and two-stage evaporators in which their 

construction of each of the stages differed (100 and 25 litres). Concentrations of dry matter reached 15 percent in 

the concentrate from the one-stage evaporator and evaporation occurred at 35 °C. The conditions of the experiment 

cannot compare to a full-scale plant but the authors estimate that the specific power consumption could reach 5-8 

kWh/m3 of LD and specific heat consumption could be 350 kWh/m3 of the condensate. Bamelis et al. [36] examined 

full-scale vacuum evaporator with 25 m3 of treated LD per day and an average thermal consumption of 165 kW. 

The overall electrical consumption of the technology, 0.025 kWh/m3 of digestate, must be considered as a typo. 

With a small scale, laboratory type vacuum evaporator, Jiao et al. [37] reached an evaporation capacity of 

8 324 mL/(m2∙h) at 67 °C and 25 kPa. Electricity was the main source of heat for the testing. 

Other experiments primarily focused on the quality of the products without any detailed research into the energy 

requirements of the process [38], [39] and [40]. In all cases, it has been confirmed that the main pollutant in the 

distillate is ammonium nitrogen and its concentration decreases with the decrease of pH. 

The resources above prove that vacuum evaporation is a viable technological solution for thickening LD produced 

in BGPs, and is already employed in many plants. Although the available studies present a lot of interesting data 

and conclusions, their transfer into real premises is limited and provides plant owners with only basic background 

information. The studies present specific energy consumptions which may be helpful only when they are 

supplemented with the concrete arrangement of an evaporator, its integration within the BGP, particular operating 

conditions and properties of the processed digestate. Without this information, the mass and energy balance cannot 

be done, however, it is crucial for the economic evaluation of a project. This article offers all these important data 

and answers decisive questions. The conclusions of this work can be used by researchers in the field of life cycle 

assessment. The data and information provided may also be utilized in studies related to a comparison of different 



technologies for digestate treatment. The plant owner/designer will get a complex set of information and equations 

that respect the specific nature of the BGP and the concrete type of evaporator. This is essential for the economic 

evaluation of a project. The information provided here can be used for designing a new BGP or for revamping an 

older one. 

The main inputs for the study are: 

- an extensive literature survey (chapter 1.3),  

- a research study of industrial evaporators for waste water treatment, which provides an idea of what the 

energy requirements of the commercially available products are (chapter 3), 

- experimental research of the authors partly published in Vondra et al. [41].  

The authors will present concrete evaporators and equations for the mathematical modelling of the process based 

on the mass and energy balances. They will further specify boundary conditions of the calculations, specifically, the 

operating parameters of the vacuum evaporators which are typical for evaporating LD and its integration into the 

BGP. The results of the calculations for the specific operating conditions will be evaluated and compared to the 

parameters of commercially available evaporators. The main focus will be on the required heat transfer surface and 

the specific consumption of electricity and heat.  

The two main results of the study are a knowledge foundation for designing specific types of evaporators and their 

basic operating parameters. With this kind of information, the operator should be able to deduce what the real 

energy requirements are in concrete operating conditions and whether integration into a BGP makes sense both in 

technical and financial terms. The relationship among activities and results presented in this study is obvious from 

the Figure 1. 

2. Methodology 

The methodology is based on credible data about BGP and commercially available evaporators. The calculations 

performed are mainly based on balance modeling. The physical properties of the LD and typical operational 

parameters of the evaporators were acquired either in professional literature or are based on the authors’ 

experience with evaporation of the digestate and other substances with similar properties. Only the following 

evaporators were included in the survey presented in chapter 3: evaporators specifically designated by the 

manufacturer for evaporating waste water (not necessarily for digestate). Operational parameters of installed 

evaporators are included as well as parameters listed by the manufacturers in marketing material. Publicly available 

materials, especially internet sites and product leaflets were the sole source of the research study.  

The results which evaluates particular types of vacuum evaporators were obtained using a mathematical balance 

model and are purely theoretical. The model is based on the equations stated in this paper and defined input 

conditions. The mathematical model was developed in MS Excel 2013 and may be defined as analytical and static. 

The model is limited to the technology of the particular evaporators. It is assumed that the incoming LD was 

processed by a mechanical separator (e.g. screw press) and its composition is suitable for subsequent evaporation 

treatment. It is expected that all the necessary thermal energy will be available in the BGP and the production of 

distillate will not be affected by a lack of heat. The presented model does not describe the motion of substances 

and energy flows in different technological nodes and branches of BGP. The scope of the model is in Figure 2. 

Only the configuration of the evaporator itself is researched here as the combination with other technologies 

(reverse osmosis, ammonia stripping, mechanical separator) is excluded. Balance calculations exclude the use of 

auxiliary chemical products, such as antifoaming products and acids for reducing pH solutions. With respect to their 

amount, the effect on the results is negligible. The heat loss of the evaporators and imperfections in evaporation 

(net equilibrium allowance, see for example [42]) are not considered. Thanks to the low temperatures of the process, 

their influence is also negligible. The study does not consider the long-term operation of the evaporators, which can 

be affected by fouling on functional surfaces, shutdowns, and so on. It further disregards concrete geometries, 

materials and structural parameters of the appliances. The study does not focus on analysing the potential quality 

and composition of the evaporated products (that is of distillate and concentrate). This topic may be found, for 

example, in [35], [40] or [39].  

3. Industrial evaporators for waste water treatment 

Thickening LD through evaporation is, in many ways, similar to thickening common types of waste water and 

process water. The main point of the evaporation is to separate water from the waste suspension, and thus decrease 

the volume of the liquid and increase the concentration of non-volatile substances. A wide range of industrial 

evaporators for many kinds of waste water are offered by a number of manufacturers and suppliers.  

Long vertical tube evaporators with falling film or forced circulation evaporators with external heat exchangers are 

especially used for viscous and heat-sensitive liquids. Natural circulation evaporators (with no recirculation pumps) 

are suitable for less viscous liquids. Evaporators with a rising film are employed for substances prone to foam-

formation [43]. Agitated–film evaporators are a good solution for thickening suspension with a high dry matter 

content [44]. This type of evaporator decreases the viscosity of the liquid using an internal agitator. An external heat 

source can supply heat for the evaporation process in the form of steam (ST) or hot water (HW). Heat pumps (HP) 



and mechanical vapour compression (MVC) are other types of heat sources for the process. If there waste heat is 

available, the last two evaporator options previously mentioned are not so economical. Evaporators usually have 1 

to 3 evaporation chambers (or more) and the more evaporation stages are included, the higher the efficiency of the 

process is. 

The above technologies may be combined and supplemented with various features that increase the efficiency of 

the process (by-pass, preheating, recirculation). The classification and comparison of the available evaporators are, 

therefore, rather complicated. Types of heat sources, the number of evaporation stages, and the production capacity 

of the evaporators were selected as decisive parameters to compare commercially available industrial evaporators. 

Table 1 presents the results of the research study. Specific energy consumptions were determined as average 

values specified by the manufacturers for the given class of evaporators.  

Almost 300 waste water and process water evaporator models are included in the research study (18 

manufacturers). The processed data are mostly based on marketing materials of particular manufacturers and not 

on real operating conditions. The results relate to waste water generally and do not consider the specific physical 

properties of LD.  

Several conclusions may be drawn from Table 1. In general, the evaporators with MVC (up to 28.2 kWh/m3) are the 

most energy efficient evaporators. These are followed by evaporators with HP (up to 147.5 kWh/m3). Energy 

intensity of HW and ST evaporators decreases along with the number of stages; heat takes up the main share of 

energy consumption (248.5 to 670.9 kWh/m3 of the condensate). However, if there is waste heat available, HW and 

ST evaporators tend to be the best solution since the electric power consumption is not burdened with additional 

technologies as in case of MVC and HP. Specific power consumption reaches 12.3 kWh/m3 for HW ST in high 

performance mode and a one-stage arrangement. It is clear that HP and MVC evaporators are not the best choice 

for BGPs. The power consumption of those units is enormous (especially of HP) and does not fit the plant owners’ 

ambitions to sell as much electric power to the grid as possible. The above values are informative and cannot 

function as a rule. The performance and efficiency of evaporators always depends on the particular arrangement 

and operating conditions, and may differ based on the type of the evaporator. In general, an increase in capacity 

causes a decrease in specific energy consumption. 

4. Evaporators for liquid digestate thickening 

In order to compare evaporators suitable for thickening the LD, only technologies allowing the use of waste heat 

(hot water) were selected. Evaporators using vapour compression, heat pumps or mechanical features (e.g. 

scrappes, agitators) that increase power consumption are excluded from the comparison. 

4.1 Selection of evaporation technologies 

An industrial evaporators’ design (using waste heat) may differ in various aspects. Their price and energy demands, 

which affects the total payback period, also vary. A list comparing all available evaporators using waste heat is 

basically impossible to develop, and this paper therefore focuses on comparing only 3 types of evaporators. Two 

types of evaporators suitable for viscous liquids were compared: an evaporator with forced liquid circulation (FCE) 

and a falling film evaporator (FFE). The evaporator with forced liquid circulation and one evaporation chamber 

requires the least amount of investment. The evaporator with a falling film and three-stage arrangement saves 

energy and is part of several model series currently manufactured.  

A multi-stage flash evaporator (MSF) is the last type of evaporator subject to the analysis. This type of evaporator 

is not commonly used for processing waste water but the authors think it has many benefits which will be further 

explored. The authors opted for an arrangement with nine evaporation chambers with respect to the nature of the 

MSF evaporator and available temperature gradient when thickening the LD (70 to 40 °C). The authors in no way 

assert that this arrangement of the technologies are the most energy efficient designs possible, however, the 

authors think that the arrangement is suitable for thickening the LD. Finding the optimum configuration of particular 

types of evaporators may be subject to further research. 

4.2 Forced-circulation evaporator 
The evaporators with the most simple design are the single effect, forced-circulation evaporators (FCE), but they 

also have the lowest energy efficiency. Figure 3 shows the concrete arrangements considered in this study. The 

evaporation chamber (1) is supplemented with a circuit for heating waste water (H) and with a condensation section 

(C). An external heat exchanger is better for easy maintenance. Faster liquid circulation through a pump helps 

decrease the apparent viscosity of the LD, and secures more intensive heat transfer. Overheated liquid enters the 

chamber (1) with decreased pressure and is flashed immediately. The produced vapour passes through the 

demister (DEM) into the condenser (C) and gives evaporation heat to the cooling water (CW). Part of the non-

flashed liquid returns back to the circulation (REC) by a pump, and the rest leaves the unit in the form of a 

concentrate (CONC). If the liquid is required to be very concentrated, the flow rate through the circulation branch 

must be high.  

A mathematical model of FCE was developed using the following set of equations. Heat and mass balances in the 

evaporation chamber were determined by Equations (1), (2), (3), (4) and (5): 



𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑐𝑜𝑛𝑐 − 𝑇𝑙𝑑) +𝑀𝑑 ∙ 𝐿𝑣(𝑝𝑒) = 𝑀𝑟𝑒𝑐 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑
𝑚𝑎𝑥 − 𝑇𝑐𝑜𝑛𝑐) (1) 

𝑀𝑙𝑑 = 𝑀𝑐𝑜𝑛𝑐 +𝑀𝑑 (2) 

𝑀𝑙𝑑 ∙ 𝑥𝑙𝑑 = 𝑀𝑐𝑜𝑛𝑐 ∙ 𝑥𝑐𝑜𝑛𝑐 (3) 

𝑇𝑐𝑜𝑛𝑐 = 𝑇𝑙𝑑
𝑚𝑖𝑛 (4) 

𝑝𝑒 = 𝑝𝑠𝑎𝑡(𝑇𝑐𝑜𝑛𝑐 − 𝐵𝑃𝐸) (5) 

Thermal power consumption of the system and heat transfer area of the exchanger in the heating circuit were given 

by Equation (6): 

𝑃𝑆𝑡ℎ = 𝑀𝑟𝑒𝑐 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑
𝑚𝑎𝑥 − 𝑇𝑐𝑜𝑛𝑐)/3600 = 𝑀ℎ𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇ℎ𝑤

𝑖𝑛 − 𝑇ℎ𝑤
𝑜𝑢𝑡)/3600 = 𝐴ℎ ∙ 𝑈𝑤−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷ℎ (6) 

Cooling duty of the evaporator and heat transfer area of the condenser were obtained from Equation (7): 

𝐶𝐷 = 𝑀𝑑 ∙ 𝐿𝑣(𝑝𝑒)/3600 = 𝑀𝑐𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑐𝑤
𝑜𝑢𝑡 − 𝑇𝑐𝑤

𝑖𝑛)/3600 = 𝐴𝑐 ∙ 𝑈𝑠−𝑤 ∙ 𝐿𝑀𝑇𝐷𝑐 (7) 

Overall electricity consumption and heat transfer area of the FCE were calculated using Equations (8) and (9): 

𝑃𝑆𝑒𝑙 = 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑐𝑜𝑛𝑐+𝑟𝑒𝑐 + 𝑃𝑆𝑒𝑙,𝑤𝑝

𝑑 + 𝑃𝑆𝑒𝑙,𝑣𝑝 + 𝑃𝑆𝑒𝑙,𝑤𝑝
ℎ𝑤 + 𝑃𝑆𝑒𝑙,𝑤𝑝

𝑐𝑤  (8) 

𝐴 = 𝐴𝑐 + 𝐴ℎ (9) 

The equations listed below apply generally for all types of presented evaporators (FCE, FFE, MSF). The logarithmic 

mean temperature difference was set by Equation (10): 

𝐿𝑀𝑇𝐷 = (∆𝑇𝑚𝑎𝑥 − ∆𝑇𝑚𝑖𝑛)/ln⁡(∆𝑇𝑚𝑎𝑥/∆𝑇𝑚𝑖𝑛) (10) 

The specific heat capacity of the liquid digestate was estimated using Equation (11): 

𝑐𝑝𝑙𝑑,𝑖 = 𝑐𝑝𝑤 ∙ (1 − 𝑥𝑙𝑑,𝑖) + 𝑐𝑝𝑑𝑚 ∙ 𝑥𝑙𝑑,𝑖 (11) 

Specific energy consumptions and the specific heat transfer surface were determined by Equations (12), (13), (14) 

and (15): 

𝑠𝐴 = 𝐴 ∙ 998,2/𝑀𝑑 (12) 

𝑠𝑃𝑆𝑡ℎ = 𝑃𝑆𝑡ℎ ∙ 998,2/𝑀𝑑 (13) 

𝑠𝑃𝑆𝑒𝑙 = 𝑃𝑆𝑒𝑙 ∙ 998,2/𝑀𝑑 (14) 

𝑠𝐶𝐷 = 𝐶𝐷 ∙ 998,2/𝑀𝑑 (15) 

Overall heat transfer coefficients for steam-water condensers were calculated using a correlation of El-Dessouky 

and Ettouney [45] (Equation 16): 

𝑈𝑠−𝑤 = 1 ∙ 10−3 ∙ (1617.5 + 0.1537 ∙ 𝑇𝑠𝑎𝑡 + 0.1825 ∙ 𝑇𝑠𝑎𝑡
2 − 0.00008026 ∙ 𝑇𝑠𝑎𝑡

3 ) (16) 

The electric power supply of water pumps was calculated using Equation (17): 

𝑃𝑆𝑒𝑙,𝑤𝑝 = 𝑌𝑤𝑝 ∙ 𝑀/(𝜂𝑤𝑝 ∙ 3,6 ∙ 10
6) + 𝑃𝑆𝑤𝑝

𝑚𝑠 , (17) 

where 𝑀 stands for mass flow rate of a transported liquid; 𝑃𝑆𝑤𝑝
𝑚𝑠 = 𝑃𝑆𝑚𝑠

𝑣𝑎𝑐 for liquid pumped out of negative pressure 

and 𝑃𝑆𝑤𝑝
𝑚𝑠 = 𝑃𝑆𝑚𝑠

𝑎𝑡𝑚 in other cases. Finally, Equations (18), (19), (20), (21) and (22) were used to estimate the power 

supply of vacuum pumps: 

𝑀𝑛𝑐𝑔 = 𝐹𝑛𝑐𝑔
1 ∙ 𝑀𝑙𝑑 +∑ ((𝐹𝑛𝑐𝑔

2
𝑆𝑡

𝑖=1
− 𝑝𝑒𝑖/100) ∙ 𝑀𝑑,𝑖) 

 
(18) 

𝑉𝑛𝑐𝑔 =
(273.15 + 𝑇𝑠𝑎𝑡(𝑝𝑐)) ∙ 𝑀𝑛𝑐𝑔

273.15 ∙ 𝜌𝑛𝑐𝑔 ∙ 𝑝𝑐
 

 
(19) 

𝑃𝑆𝑣𝑝
𝑝𝑜𝑙

= 𝑛𝑝𝑜𝑙 ∙ 100 ∙ 𝑝𝑐 ∙ 𝑉𝑛𝑐𝑔 ∙ ((1/𝑝𝑐)
𝑛𝑝𝑜𝑙−1

𝑛 − 1)/((𝑛𝑝𝑜𝑙 − 1) ∙ 𝜂𝑣𝑝 ∙ 3600) 
 (20) 

𝑃𝑆𝑣𝑝
𝑤 = 𝑌𝑣𝑝 ∙ 𝑀𝑣𝑝

𝑤 ∙ 3.6 ∙ 10−6  (21) 

𝑃𝑆𝑒𝑙,𝑣𝑝 = 𝑃𝑆𝑣𝑝
𝑝𝑜𝑙

+ 𝑃𝑆𝑣𝑝
𝑤 + 𝑃𝑆𝑣𝑝

𝑚𝑠  (22) 

 

4.3 Falling film evaporator 

Falling film evaporators (FFE) are best suited to heat-sensitive substances which require a short contact with a 

heat-exchanging surface [44]. They are widely employed in the food, paper and chemical industries [46], as well as 



in desalination processes [47]. Film evaporation is further important thanks to its reduction in the intensity of foam 

formation. This is above all beneficial when handling substances such as LD, which are prone to foam formation. 

A 3-stage forward feed arrangement was chosen for the purposes of this paper without recirculation in each 

chamber, the so called once-through configuration (Figure 4). Prior to entering the first chamber (1), LD is preheated 

(H1, H2, H3) by a condensate (D1, D2, D3) from particular stages. Upon entering the evaporation chamber, the 

liquid (LD) is evenly distributed into the tube side. The liquid in the form of a thin film flows along the tube walls, 

absorbs heat from the heating medium (water or steam), and gradually becomes thicker thanks to evaporation 

processes.  

The part of the LD that has not been evaporated is pumped into another chamber and undergoes the same process 

under lower pressure and temperatures. Steam from one stage of the process serves as a heating medium in the 

following stage where it also condensates. Steam from the last stage (3) transfers heat to the cooling water (CW) 

in the condenser (C). When designing the evaporator, it is important to keep in mind that the tube surface must be 

constantly wet. If not, the tubes may get fouled and the performance of the evaporator may be reduced. Insufficient 

flow rate may be partially changed by recirculation of the concentrate in each chamber. Energy intensity may be 

decreased by adding several other evaporation stages. 

A mathematical model of the FFE was developed using the Equations (10) to (22) together with the following set of 

equations. Equations (23), (24) and (25) were used to determine thermal power consumption and heat transfer area 

related to chamber number 1: 

𝑃𝑆𝑡ℎ = 𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑,1 − 𝑇𝑙𝑑
ℎ,1)/3600 + 𝑀𝑑,1 ∙ 𝐿𝑣(𝑝𝑒,1)/3600 (23) 

𝑃𝑆𝑡ℎ = 𝑀ℎ𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇ℎ𝑤
𝑖𝑛 − 𝑇ℎ𝑤

𝑜𝑢𝑡)/3600 = 𝐴𝑒𝑣,1 ∙ 𝑈𝑤−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷𝑒𝑣,1 (24) 

𝑇𝑙𝑑,1 = 𝑇𝑙𝑑
𝑚𝑎𝑥 (25) 

The temperature of the LD leaving the 2nd chamber was obtained from Equation (26): 

𝑇𝑙𝑑,2 = (𝑇𝑙𝑑
𝑚𝑎𝑥 + 𝑇𝑙𝑑

𝑚𝑖𝑛)/2 (26) 

Cooling duty and heat transfer area of the condenser were calculated using Equation (27): 

𝐶𝐷 = 𝑀𝑑,3 ∙ 𝐿𝑣(𝑝𝑒,3)/3600 = 𝑀𝑐𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑐𝑤
𝑜𝑢𝑡 − 𝑇𝑐𝑤

𝑖𝑛)/3600 = 𝐴𝑐 ∙ 𝑈𝑠−𝑤 ∙ 𝐿𝑀𝑇𝐷𝑐 (27) 

Temperature and mass flow rate of the LD leaving 3rd chamber were given by Equations (28) and (29): 

𝑇𝑙𝑑,3 = 𝑇𝑙𝑑
𝑚𝑖𝑛 = 𝑇𝑐𝑜𝑛𝑐 (28) 

𝑀𝑙𝑑,3 = 𝑀𝑐𝑜𝑛𝑐 (29) 

Preheating the LD with a distillate from the 3rd chamber was determined by Equation (30): 

𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑
ℎ,3 − 𝑇𝑙𝑑)/3600 = 𝐴ℎ,3 ∙ 𝑈𝑤−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷ℎ,3 (30) 

The equations listed below apply generally for evaporation chamber 𝑖. The heat balance, distillate production and 

heat transfer surface of each chamber were obtained from Equations (31) and (32). 

𝑀𝑑,𝑖 ∙ 𝐿𝑣(𝑝𝑒,𝑖)/3600 = 𝐴𝑒𝑣,𝑖+1 ∙ 𝑈𝑠−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷𝑖+1 (31) 

𝑀𝑙𝑑,𝑖−1 ∙ 𝑐𝑝𝑙𝑑,𝑖−1 ∙ (𝑇𝑙𝑑,𝑖−1 − 𝑇𝑙𝑑,𝑖) + 𝑀𝑑,𝑖−1 ∙ 𝐿𝑣(𝑝𝑒,𝑖−1) = 𝑀𝑑,𝑖 ∙ 𝐿𝑣(𝑝𝑒,𝑖) (32) 

The equilibrium pressure in each chamber was assumed to be decreased as a consequence of the boiling point 

elevation according to Equation (33): 

𝑝𝑒,𝑖 = 𝑝𝑠𝑎𝑡(𝑇𝑙𝑑,𝑖 − 𝐵𝑃𝐸𝑖) (33) 

Heat balance and heat transfer area in the preheating sections were determined using Equations (33), (34) and 

(35): 

𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑
ℎ,𝑖 − 𝑇𝑙𝑑

ℎ,𝑖−1)/3600 = 𝐴ℎ,𝑖 ∙ 𝑈𝑤−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷ℎ,𝑖 (34) 

𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑
ℎ,𝑖 − 𝑇𝑙𝑑

ℎ,𝑖−1) = 𝑀𝑑,𝑖 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑠𝑎𝑡(𝑝𝑒,𝑖) − 𝑇𝑑
ℎ𝑑,𝑖) (35) 

𝑇𝑑
ℎ𝑑,𝑖 = 𝑇𝑙𝑑

ℎ,𝑖−1 + 𝑇𝑇𝐷 (36) 

Mass balances in evaporation chambers were given by Equations (37) and (38): 

𝑀𝑙𝑑,𝑖 ∙ 𝑥𝑙𝑑,𝑖 = 𝑀𝑙𝑑,𝑖+1 ∙ 𝑥𝑙𝑑,𝑖+1 (37) 

𝑀𝑙𝑑,𝑖 = 𝑀𝑙𝑑,𝑖−1 −𝑀𝑑,𝑖 (38) 

And finally, overall values of the distillate’s flow rate, electricity consumption and heat transfer area were given by 

Equations (39), (40) and (41): 



𝑀𝑑 =∑ 𝑀𝑑,𝑖

3

𝑖=1
= 𝑀𝑙𝑑 −𝑀𝑐𝑜𝑛𝑐 (39) 

𝑃𝑆𝑒𝑙 =∑ 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑙𝑑,𝑖

3

𝑖=1
+∑ 𝑃𝑆𝑒𝑙,𝑤𝑝

𝑑,𝑖
3

𝑖=1
+ 𝑃𝑆𝑒𝑙,𝑣𝑝 + 𝑃𝑆𝑒𝑙,𝑤𝑝

ℎ𝑤 + 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑐𝑤  (40) 

𝐴 =∑ 𝐴𝑒𝑣,𝑖
3

𝑖=1
+∑ 𝐴ℎ,𝑖

3

𝑖=1
+ 𝐴𝑐 (41) 

4.4 Multistage flash evaporator 
Multistage flash evaporators (MSF) are commonly employed in the desalination industry. Despite the technology 

being in use for many years, its role in large-scale desalination is irreplaceable, and is still a subject for a lot of 

research and development [48]. The main benefits include its simple design and reliable operation [45]. The 

technology is not usually offered for thickening waste water and process water. However, MSF evaporators have 

an edge over FFE, in that evaporation does not occur on the heat transfer surface, but directly in the liquid bath due 

to its decreased pressure. This greatly reduces fouling and deposits. On the other hand, evaporation in the liquid 

bath stimulates foam formation that has to be suppressed by anti-foaming products.  

A 9-stage arrangement was selected for the study with circulation of the concentrate (Figure 5). The number of 

stages reflects the temperature gradient; 70–40 °C. The 9 evaporation chambers are an optimum solution with 

regard to the typical temperature difference of 3–4 °C per stage. This type of evaporator requires concentrate 

circulation so that the dry matter has the desired concentration. Sufficient thickening cannot be achieved in the 

“once-through” arrangement [41] as the ratio of the produced distillate to the entering liquid volume is commonly 

0.05 to 0.1.  

Upon entering the evaporator, the LD mixes with part of the concentrate (REC) and together they function as cooling 

water in condensing sections of particular chambers (CW1 to CW6). Before entering the first chamber (1), the liquid 

is heated (H) by water from a cogeneration unit (HW). Overheated liquid (LD0) enters the chamber with negative 

pressure inside and part of the water immediately evaporates. The produced steam leaves through the demisters 

(DEM) and condensates in the upper part of the evaporator (D1 to D9). It is then lead through other chambers into 

the distillate pump. Thickened LD flows into other chambers and, due to the constant decrease in the pressure, the 

LD expands and loses its volume. Steam in the last three chambers is cooled by external cooling water (CW), which 

reduces the temperature of the circulating concentrate (REC) and makes cooling in the first 6 stages more efficient. 

The performance of the MSF evaporator was determined using Equations (10) to (22) together with the following 

set of equations. Equations (42) and (43) were used to determine thermal power consumption and heat transfer 

area of the heating section: 

𝑃𝑆𝑡ℎ = 𝑀ℎ𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇ℎ𝑤
𝑖𝑛 − 𝑇ℎ𝑤

𝑜𝑢𝑡)/3600 = 𝑀𝑙𝑑,0 ∙ 𝑐𝑝𝑙𝑑,0 ∙ (𝑇𝑙𝑑,0 − 𝑇𝑐𝑤,1)/3600 = 𝐴ℎ ∙ 𝑈𝑤−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷ℎ (42) 

𝑇𝑙𝑑,0 = 𝑇𝑙𝑑
𝑚𝑎𝑥 (43) 

Mass balance in the 1st chamber was obtained from Equations (44) and (45): 

𝑀𝑙𝑑,0 ∙ 𝑐𝑝𝑙𝑑,0 ∙ (𝑇𝑙𝑑,0 − 𝑇𝑙𝑑,1) = 𝑀𝑑,1 ∙ 𝐿𝑣(𝑝𝑒,1) (44) 

𝑀𝑙𝑑,0 = 𝑀𝑐𝑤,𝑖 = 𝑀𝑙𝑑 +𝑀𝑟𝑒𝑐 (45) 

Heat balance in the condensation section of chamber no the 6th chamber was calculated from Equation (46): 

𝑀𝑑,6 ∙ 𝐿𝑣(𝑝𝑒,6) = 𝑀𝑙𝑑,0 ∙ 𝑐𝑝𝑙𝑑,0 ∙ (𝑇𝑐𝑤,8 − 𝑇𝑙𝑑+𝑟𝑒𝑐) (46) 

Heat balances in the condensation sections of chambers 7, 8 and 9 were determined using Equations (47), (48) 

and (49): 

𝑀𝑑,7 ∙ 𝐿𝑣(𝑝𝑒,7) = 𝑀𝑐𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑐𝑤
𝑜𝑢𝑡 − 𝑇𝑐𝑤,8) (47) 

𝑀𝑑,8 ∙ 𝐿𝑣(𝑝𝑒,8) = 𝑀𝑐𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑐𝑤,8 − 𝑇𝑐𝑤,9) (48) 

𝑀𝑑,9 ∙ 𝐿𝑣(𝑝𝑒,9) = 𝑀𝑐𝑤 ∙ 𝑐𝑝𝑤 ∙ (𝑇𝑐𝑤,9 − 𝑇𝑐𝑤
𝑖𝑛) (49) 

Cooling duty and heat transfer area in last three chambers (7, 8, 9) were obtained from Equation (50): 

𝐶𝐷𝑖 = 𝑀𝑑,𝑖 ∙ 𝐿𝑣(𝑝𝑒,𝑖)/3600 = 𝐴𝑐,𝑖 ∙ 𝑈𝑠−𝑤 ∙ 𝐿𝑀𝑇𝐷𝑐,𝑖 (50) 

Mass flow rate of the LD leaving the 9th chamber was set from Equation (51): 

𝑀𝑙𝑑,9 = 𝑀𝑟𝑒𝑐 +𝑀𝑐𝑜𝑛𝑐 (51) 

The temperature of the mixture of recirculating concentrate and incoming LD was gained from Equation (52):  

𝑀𝑙𝑑 ∙ 𝑐𝑝𝑙𝑑 ∙ (𝑇𝑙𝑑+𝑟𝑒𝑐 − 𝑇𝑙𝑑) = 𝑀𝑟𝑒𝑐 ∙ 𝑐𝑝𝑙𝑑,9 ∙ (𝑇𝑙𝑑,9 − 𝑇𝑙𝑑+𝑟𝑒𝑐) (52) 



The equations listed below apply generally for evaporation chamber 𝑖. The heat balance, distillate production and 

heat transfer surface of each chamber were obtained from Equations (53) and (54): 

𝑀𝑙𝑑,𝑖−1 ∙ 𝑐𝑝𝑙𝑑,𝑖−1 ∙ (𝑇𝑙𝑑,𝑖−1 − 𝑇𝑙𝑑,𝑖) +∑ 𝑀𝑑,𝑗

𝑖−1

𝑗=1
∙ 𝑐𝑝𝑤 ∙ (𝑇𝑠𝑎𝑡(𝑝𝑒,𝑖−1) − 𝑇𝑠𝑎𝑡(𝑝𝑒,𝑖)) = 𝑀𝑑,𝑖 ∙ 𝐿𝑣(𝑝𝑒,𝑖) (53) 

𝑀𝑐𝑤,𝑖 ∙ 𝑐𝑝𝑐𝑤 ∙ (𝑇𝑐𝑤,𝑖+1 − 𝑇𝑐𝑤,𝑖)/3600 = 𝐴𝑐,𝑖 ∙ 𝑈𝑠−𝑙𝑑 ∙ 𝐿𝑀𝑇𝐷𝑐,𝑖 = 𝑀𝑑,𝑖 ∙ 𝐿𝑣(𝑝𝑒,𝑖)/3600 (54) 

The equilibrium pressure in each chamber was assumed to be decreased as a consequence of the boiling point 

elevation according to Equation (55): 

𝑝𝑒,𝑖 = 𝑝𝑠𝑎𝑡(𝑇𝑙𝑑,𝑖 − 𝐵𝑃𝐸) (55) 

The temperature drop across the evaporator was determined using Equation (56): 

𝑇𝑙𝑑,𝑖 = 𝑇𝑙𝑑,𝑖−1 − (𝑇𝑙𝑑
𝑚𝑎𝑥 − 𝑇𝑙𝑑

𝑚𝑖𝑛)/9 (56) 

Mass balances in evaporation chambers were given by Equations (57) and (58): 

𝑀𝑙𝑑,𝑖 = 𝑀𝑙𝑑,𝑖−1 −𝑀𝑙𝑑,𝑖−2 ∙ 𝑐𝑝𝑙𝑑,𝑖−2 ∙ (𝑇𝑙𝑑,𝑖−2 − 𝑇𝑙𝑑,𝑖−1) (57) 

𝑀𝑙𝑑,𝑖−1 ∙ 𝑥𝑙𝑑,𝑖−1 = 𝑀𝑙𝑑,𝑖 ∙ 𝑥𝑙𝑑,𝑖 (58) 

And finally, the overall values of distillate flow rate, electricity consumption, heat transfer area and cooling duty were 

given by Equations (59), (60), (61) and (62): 

𝑀𝑑 = 𝑀𝑙𝑑 −𝑀𝑐𝑜𝑛𝑐 (59) 

𝑃𝑆𝑒𝑙 = 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑙𝑑,9 + 𝑃𝑆𝑒𝑙,𝑤𝑝

𝑙𝑑 + 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑑 + 𝑃𝑆𝑒𝑙,𝑣𝑝 + 𝑃𝑆𝑒𝑙,𝑤𝑝

ℎ𝑤 + 𝑃𝑆𝑒𝑙,𝑤𝑝
𝑐𝑤  (60) 

𝐴 =∑ 𝐴𝑐,𝑖
9

𝑖=1
+ 𝐴ℎ (61) 

𝐶𝐷 =∑ 𝐶𝐷𝑖
9

𝑖=7
 (62) 

 

4.5 Input data and boundary conditions 
In order to compare concrete evaporators for thickening LD, the authors selected input data and boundary 

conditions so that these reflect technical possibilities of the evaporators, physical properties of the LD and typical 

operating conditions in the BGP. The parameters may be classified into three categories.  

Parameters A are physically determined and verified parameters, any specifications have a minimum impact on 

final results. This concerns the specific heat capacity of water (𝑐𝑝𝑤), polytropic exponent (𝑛𝑝𝑜𝑙), density of non-

condensable gases (𝜌𝑛𝑐𝑔) and thermophysical properties of water vapour, such as saturation temperature, specific 

heat of evaporation, and so on. These were determined in compliance with IAPWS IF-97 [49].  

Parameters B are based on the authors’ experience and relate especially to physical properties of LD. These differ 

in relation to the efficiency of the mechanical separation and, especially, the composition of the substrate processed 

by the BGP. Identifying particular properties of the LD is thus a rather complex task, and opens the field for various 

research. The maximal LD temperature (𝑇𝑙𝑑
𝑚𝑎𝑥) was determined with respect to sustainability of the evaporation 

process. LD is an organic matter and thus it intensively fouls the heat-exchanging surface under high temperatures. 

A temperature of 70 °C is also acceptable for maintaining a sufficient temperature gradient when heating the LD 

with 90 °C hot water. The minimal LD temperature (𝑇𝑙𝑑
𝑚𝑖𝑛) was determined with respect to viscosity that tends to 

significantly rise under low temperatures and high dry matter concentrations. The temperature is also beneficial for 

maintaining the temperature gradient in the condensing section.  

It is very difficult to determine the overall heat transfer coefficient (𝑈) and thus there is a lot of space for future 

research. The coefficient depends specifically on viscosity, which is hard to predict and fluctuates due to the non-

newtonian nature of the LD. The authors do not think that the 𝑈 values could significantly misrepresent the results. 

They influence only the size of the heat transfer area (𝐴) and they will be important mostly for design calculations. 

Quantities related to the performance of the water and vacuum pumps (𝜂𝑤𝑝 , 𝜂𝑣𝑝, 𝑃𝑆𝑚𝑠
𝑎𝑡𝑚, 𝑃𝑆𝑚𝑠

𝑣𝑎𝑐 , 𝑃𝑆𝑣𝑝
𝑚𝑠, 𝑀𝑣𝑝

𝑤 , 𝑌𝑣𝑝) may 

differ depending on a certain device’s properties. The displacement energy (𝑌𝑤𝑝) of a water pump will be specified 

with respect to the evaporator’s geometry and requirements of the plant owner on the hydraulic head. Coefficients 

𝐹𝑛𝑐𝑔
1 , 𝐹𝑛𝑐𝑔

2 ⁡⁡compensate for the amount of non-condensable gases which will be extracted from the evaporator. They 

depend on the amount of gases dissolved in the LD and on the quality of the whole system’s sealing. The boiling 

point elevation (𝐵𝑃𝐸) depends on composition of the LD and always ranges within decimal points or units of °C. 

The terminal temperature difference (𝑇𝑇𝐷) influences the size of the heat transfer area of heat exchangers and may 

be subject to design optimization. 



Parameters C may be designated as the real variables in the model that will be changed in real life operations 

depending on operating conditions and requirements of the BGP’s owners. 𝑀𝑙𝑑 ⁡roughly corresponds to an hour’s 

production in a BGP with an installed capacity of 1 MWel. The final dry matter concentration (𝑥𝑐𝑜𝑛𝑐) in the LD was 

determined rather conservatively with respect to other studies [12], [34], [35]. The input and output temperatures of 

cooling water (𝑇𝑐𝑤
𝑖𝑛 , 𝑇𝑐𝑤

𝑜𝑢𝑡) are determined by the temperature of the ambient air and performance of the cooling tower. 

A list of all types of input parameters is given in Table 2. 

5. Results and discussion 

Table 3 shows operational parameters of particular evaporators for given set of input data. The output flow rate of 

distillate (𝑀𝑑) and concentrate (𝑀𝑐𝑜𝑛𝑐) are identical for all three evaporators since the requirements for output 

concentration of dry matter (𝑥𝑐𝑜𝑛𝑐) are the same. Figure 6 clearly shows the dependency of distillate production 

(𝑀𝑑) on LD flow rate (𝑀𝑙𝑑) and the output concentration of dry matter (𝑥𝑐𝑜𝑛𝑐). The higher the concentration of dry 

matter in the concentrate is (𝑥𝑐𝑜𝑛𝑐), the higher the flow rate of the distillate (𝑀𝑑). However the increase drops 

compared to the low values of 𝑥𝑐𝑜𝑛𝑐. This fact should be reflected in the evaporator design. Drawbacks related to 

high 𝑥𝑐𝑜𝑛𝑐 (such as requirements on pumps, fouling, deposits, drop in the overall coefficient of heat transfer 𝑈) may 

outweigh the benefits of reducing the LD volume.  

In order to achieve the required concentration (𝑥𝑐𝑜𝑛𝑐 = 12 kg/kg), liquid recirculation is necessary for FCE and MSF 

evaporators. The flow rate for both is high (𝑀𝑟𝑒𝑐
𝑓𝑐𝑒

=21,656 kg/h, 𝑀𝑟𝑒𝑐
𝑚𝑠𝑓

=19,734 kg/h) and they increase investments 

(tubes diameter, size of evaporator’s chamber, water pump capacity) as well as operating costs (consumption of 

electricity 𝑃𝑆𝑒𝑙). These drawbacks are eliminated in a FFE evaporator where a single pass of the LD through the 

evaporator is enough for the required level of thickening. The consumption of electricity in FFE is elevated by 

pumping of LD after it passes through every chamber as this is necessary to transport the liquid into the upper part 

of the subsequent evaporator. The pressure drop between the chambers is insufficient for this purpose.  

The consumption of electric power (𝑃𝑆𝑒𝑙) in FFE is further increased by high flow rates of cooling (𝑀𝑐𝑤) and heating 

(𝑀ℎ𝑤) water. The high flow rate is caused by the total energy efficiency of the FFE evaporator arrangement which 

is lower compared to MSF. Most of distillate in MSF evaporator condenses on the input liquid (𝑀𝑟𝑒𝑐 +𝑀𝑓𝑢𝑔) which 

is then preheated, which in turns saves heat. FFE also uses the condensing heat but only in the first two chambers. 

Almost a third of the distillate requires external cooling water for condensing, but the cooling water extracts a lot of 

energy from the system which must be then added by heat input in the first evaporation chamber.  

FCE has the worst heat balance and the highest consumption of heat (𝑃𝑆𝑡ℎ) and cooling water (𝑀𝑐𝑤). Due to the 

one-chamber arrangement of the evaporator, the heat regeneration is non-existent and almost all of the heat input 

of the equipment (685 kW) is wasted in the condenser. This fact is further reflected in the capacity of the water 

pump and overall electric power consumption (26.4 kW), which is the highest of all the evaporators (FFE: 14.4 kW 

and MSF: 14.0 kW). The vacuum level in the condensers corresponds with output concentrate temperatures, and 

ranges from 0.066 to 0.072 bara.  

Requirements on heat transfer area of FCE (74.5 m2) are comparable with those for MSF (73.3 m2) and FFE (79.9 

m2). In general, it is a question of a trade-off between investment and operational costs. Energy efficiency could be 

improved by adding extra evaporation chambers, which would boost heat recovery and decrease the demand for 

cooling (𝐶𝐷) and energy consumption (𝑃𝑆𝑒𝑙 , 𝑃𝑆𝑡ℎ). On the other hand, every additional chamber increases 

requirements for heat transfer surface (𝐴) and affects initial costs significantly.  

It is estimated that the lowest capital costs will be connected with the FFE. This is mainly due to the zero recirculation 

rate and thus reduced requirements for piping and evaporators dimensions. The FFE (as well as the MSF 

evaporator) has also lower overall capacity of pumps compared to the FCE. Capital costs of the MSF evaporator is 

expected to be about 6 % higher than FFE. The MSF evaporator has higher number of stages but the lowest overall 

heat transfer area and low overall pump capacity even when a great amount of the concentrate must be recirculated. 

FCE is expected to require approximately 18 % more capital than FFE thanks to the large dimensions and capacity 

of piping, pumps and heat exchangers. It should be added that within the defined boundary of the mathematical 

model the evaporation technologies are mutually interchangeable.  

Using mathematical models of particular evaporators, the results were extended to various input (𝑥𝑙𝑑 ⁡= 0.02-0.06 

kg/kg) and output (𝑥𝑐𝑜𝑛𝑐 ⁡= 0.06-0.16 kg/kg) dry matter concentrations. The authors consider these values to be 

crucial for running a BGP and investors’ decision-making. The influence of dry matter on the heat transfer area 

(Figure 7), heat consumption (Figure 8) and consumption of electric power (Figure 9) was observed. The results 

are presented as specific values, related to m3 of produced distillate, so that the results may be compared with 

those from other studies. The results prove prior conclusions and quantify them for various 𝑥𝑙𝑑 and 𝑥𝑐𝑜𝑛𝑐.  

The specific parameters tend to drop with a decreasing 𝑥𝑙𝑑 and increasing 𝑥𝑐𝑜𝑛𝑐, (i.e with the distillate production), 

with one exception, the heat transfer area of MSF. One of the reasons is the application of calculation constants, 

which does not fully reflect the reality. We may assume that the rising amount of dry matter content in the 

concentrate worsens the thermal-hydraulic properties of the liquid. This will decrease the overall coefficient of heat 

transfer (rise of 𝑠𝐴), decrease efficiency of the water pumps (rise of 𝑠𝑃𝑆𝑒𝑙) and increase BPE (rise of 𝑠𝑃𝑆𝑡ℎ, 𝑠𝐶𝐷). 



The influence of the input dry matter concentration (𝑥𝑙𝑑) on the 𝑠𝐴 values for MSF evaporator is contradictory to 

that of FCE and FFE. The reason is that with the growing amount of water to be evaporated (decreasing 𝑥𝑙𝑑), the 

flow rate of recirculating LD (𝑀𝑟𝑒𝑐) in the MSF evaporator is increasing. Thus the cooling water temperature in 

chambers 1 to 6 is increasing and larger 𝐴 is needed to transfer the necessary heat. 

Specific cooling duty (𝑠𝐶𝐷) values were also determined but are not plotted in a figure as the results were not 

significantly affected by the dry matter content. For FCE and MSF evaporators the 𝑠𝐶𝐷 is constant: 668 kWh/m3 

and 225 kWh/m3 respectively. For FFE the 𝑠𝐶𝐷 slightly drops with the decreasing 𝑥𝑙𝑑 and increasing 𝑥𝑐𝑜𝑛𝑐 and it 

ranges between 229 and 278 kWh/m3. Generally, it is obvious that values of 𝑠𝐶𝐷 are almost equal to that of 𝑠𝑃𝑆𝑡ℎ 

as most of the heat brought into the system must be removed by the cooling water. 

The presented results correspond with the literary search of commercial evaporators as well as with values 

presented in other studies. We may compare only specific consumption of heat and electric power; there are no 

comparable values available for 𝑠𝐴 and 𝑠𝐶𝐷. The energy requirements of FCE (680–712 kWhth/m3, 25.9–30.5 

kWhel/m3) correspond to the parameters of the less efficient one-stage evaporators in Table 1 (671 kWhth/m3, 26.8 

kWhel/m3). They are further comparable to a study by Guercini et al. [34]. This study presents a heat input of a one-

stage evaporator of ca. 870 kWh/m3 but the efficiency of the operations was decreased by fouling of the heat 

transfer surface. Electric power input cannot be compared due to a lack of information.  

The parameters of FFE (241–319 kWhth/m3, 12.0-23.6 kWhel/m3) are comparable to those of three-stage 

commercial evaporators (249–251 kWhth/m3, 15.4–24.2 kWhel/m3). According to Drosg et al. [12], a higher heat 

input of 300–350 kWhth/m3 may be attributed to a different arrangement of an evaporator that allows for recuperating 

less heat. The performance of the MSF evaporator (236-268 kWhth/m3, 13.6–18.4 kWhel/m3) corresponds to energy 

efficient three-stage commercial evaporators. However, the MSF evaporator is not commonly supplied by 

manufacturers. Moreover, this is a non-standard 9-stage design.  

Performances of the FFE and MSF evaporators are also comparable to other studies, although a detailed 

comparison is not possible due to the lack of essential information. The energy consumptions stated by Flotats et 

al. [33] (21 kWhel/m3, 107-353 kWhth/m3) are related to m3 of processed slurry. It can be assumed that the specific 

energy consumptions related to distillate production will be somewhat larger. The specific heat consumption of 

350 kWh/m3 expected by Chiumenti et al. [35] is slightly larger than the calculated values for FFE and MSF 

evaporators, but is probably associated with a less efficient two-stage evaporator.  

It must be also stated that the comparison of electrical consumptions may be a bit misleading, as most of the 

researchers and manufactures do not provide any information about the appliances included in their results at all. 

6. Conclusion 

Vacuum evaporation may be the solution for the growing amount of digestate around the Europe. Thickening LD in 

BGP contributes to the efficient utilization of waste heat and also reduces fossil fuel consumption, which is needed 

for transporting LD. The utilization of LD as a fertilizer may reduce the energy intensive production of artificial 

fertilizers as well. 

This paper compares the energy performance of three types of industrial evaporators, which may be suitable for 

liquid digestate thickening. The FCE evaporator has the highest energy requirements and also requires high cooling 

performance. The electric power consumption of FCE is especially high (25.9–30.5 kWh/m3). The authors believe 

that this type of evaporator will be interesting for plant owners only if the cost of electricity production is extremely 

low. In terms of consumption of energy and cooling water, the MSF evaporator is the most efficient and also requires 

the least heat-exchanging surface (65–71 m2/m3). FFE provides only slightly worse energy performance than MSF 

and may be recommended for LD thickening as well.  

The mathematical model presented in this paper is purely theoretical, but the results it provided are comparable 

with other studies. The results are to be used for evaluating the integration of vacuum evaporators in BGPs, 

especially in terms of mass and heat balance. The mathematical model may help to conduct a sensitivity analysis 

and find the most significant factors that affect the energy intensity of the process. If we want a successful integration 

of a vacuum evaporator in the BGP, we have to further consider the special physical properties of the LD and the 

fact that for desired quality of the products it is necessary to implement specific adjustments (pH reduction, reverse 

osmosis or ammonia stripping). This issues will be the subject of future research. 

Nomenclature: 

Full Scripts Indices 
𝐴 Heat transfer area, m2 𝑎𝑡𝑚 Atmosphere 

𝐵𝑃𝐸 Boiling point elevation, °C 𝑐 Condenser 

𝐶𝐷 Cooling duty of cooling water, kW 𝑐𝑜𝑛𝑐 Concentrate 

𝐷𝐸𝑀 Demister 𝑐𝑤 Cooling water 

𝐹 Correction coefficient, - 𝑑 Distillate (condensate) 

𝐿𝑀𝑇𝐷 Logarithmic mean temperature difference, °C 𝑒 Equilibrium 

𝐿𝑣 Heat of vaporization, kJ/kg 𝑒𝑙 Electric power 



𝑀 Mass flow rate, kg/h 𝑒𝑣 Evaporator 

𝑃𝑆 Power supply, kW ℎ Heating section 

𝑆𝑡 Number of evaporation effects (stages) ℎ𝑤 Heating water 

𝑇 Temperature, °C 𝑖, 𝑗 Effect numbers 

𝑇𝑇𝐷 Terminal temperature difference, °C 𝑙𝑑 Liquid digestate 

𝑈 Overall heat transfer coeff., kW/(m2.K) 𝑚𝑎𝑥 Maximum 

𝑉 Volume, m3 𝑚𝑖𝑛 Minimum 

𝑌 Hydraulic head per mass of liquid, J/kg 𝑚𝑠 Mechanical sealing 

𝑐𝑝 Specific heat capacity, kJ/(kg.K) 𝑛𝑐𝑔 Non-condensable gases 

𝑛 Exponent, - 𝑝𝑜𝑙 Polytropic 

𝑝 Pressure in an evaporation chamber, bara 𝑟𝑒𝑐 Recirculation 

𝑠𝐴 Specific heat transfer area, m2/m3 𝑠 Steam, water vapour 

𝑠𝐶𝐷 Specific cooling duty, kWh/m3 𝑠𝑎𝑡 Saturation 
𝑠𝑃𝑆 Specific energy consumption, kWh/m 𝑡ℎ Thermal power 

𝑥 Dry matter content, kg/kg 𝑣𝑎𝑐 Vacuum 

𝜂 Efficiency, - 𝑣𝑝 Vacuum pump 

  𝑤 Water 

  𝑤𝑝 Water pump 
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Figure 1: A research process flow chart of the study.  



 

 
Figure 2: The boundary of the mathematical model and results based on the model. The evaporator is assumed to 
be positioned beyond the mechanical separation and the heat is supplied from cogeneration. 
 

 

 

Table 1: Selected parameters of evaporators for thickening process water and waste water. Specific energy 

consumptions are related to m3 of a distillate. 

Heat 
source 

Number 
of stages 

𝑆𝑡⁡[−] 

Flow rate 
of distillate 

𝑀𝑑 ⁡[𝑘𝑔/ℎ] 

Spec. el. en. 
consumption 

𝑠𝑃𝑆𝑒𝑙⁡[𝑘𝑊ℎ/𝑚3] 

Spec. heat 
consumption 

𝑠𝑃𝑆𝑡ℎ⁡[𝑘𝑊ℎ/𝑚3]  

Overall spec. en. 
consumption 

𝑠𝑃𝑆𝑒𝑙+𝑡ℎ⁡[𝑘𝑊ℎ/𝑚3]  

HP 1 <1000 180.3 0 180.3 

HP 1 =>1000 147.5 0 147.5 

MVC 1 <1000 86.1 0 86.1 

MVC 1 =>1000 37.3 0 37.3 

MVC 2-4 =>3000 28.2 0 28.2 

HW, ST 1 <1000 26.8 670.9 741.2 

HW, ST 1 =>1000 12.3 599.0 685.1 

HW, ST 2 <1000 26.2 372.0 398.6 

HW, ST 2 =>1000 15.1 360.0 390.0 

HW, ST 3 <1000 24.2 251.4 275.0 

HW, ST 3 =>1000 15.4 248.5 264.6 



 
Figure 3: The design of a forced-circulation evaporator with a single evaporation chamber as it was considered in 
the study. 

 
Figure 4: The design of 3-stage falling film evaporator as it was considered in the study. 

 
Figure 5: The design of a multi-stage flash evaporator with 9 stages and recirculation as it was considered in the 
study. 



 

 

Table 2: A list of input parameters used in the calculations sorted by their type. 

 

 

 
Figure 6: Distillate production of different evaporator types as a function of dry matter output concentration and LD 
mass flow. 
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d
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h
]

xconc [kg/kg]

2000 kg/h

1500 kg/h

1000 kg/h

500 kg/h

Type A parameters 𝜂𝑣𝑝 0.5 - 

𝑐𝑝𝑤 4.18 kJ/(kg.K) 𝑃𝑆𝑚𝑠
𝑎𝑡𝑚 0.2 kW 

𝑛𝑝𝑜𝑙 1.3 - 𝑃𝑆𝑚𝑠
𝑣𝑎𝑐 0.5 kW 

𝜌𝑛𝑐𝑔 1.293 kg/m3 𝑃𝑆𝑣𝑝
𝑚𝑠 0.5 kW 

Steam properties 𝐹𝑛𝑐𝑔
1  5x10-5 - 

Type B parameters 𝐹𝑛𝑐𝑔
2  0.011 - 

𝑇𝑙𝑑
𝑚𝑎𝑥 70 °C 𝑀𝑣𝑝

𝑤  5400 kg/h 

𝑇𝑙𝑑
𝑚𝑖𝑛 40 °C 𝑇𝑇𝐷 5 °C 

𝑈𝑤−𝑙𝑑 0.8 kW/(m2.K) Type C parameters 

𝑈𝑠−𝑙𝑑 1.2 kW/(m2.K) 𝑀𝑙𝑑 1500 kg/h 

𝑐𝑝𝑑𝑚 1 kJ/(kg.K) 𝑇𝑙𝑑 30 °C 

𝐵𝑃𝐸𝐹𝐶𝐸 2 °C 𝑥𝑙𝑑 4 % 

𝐵𝑃𝐸𝐹𝐹𝐸 0.8;1.5;2 °C 𝑥𝑐𝑜𝑛𝑐 12 % 

𝐵𝑃𝐸𝑀𝑆𝐹 0.5 °C 𝑇𝑐𝑤
𝑖𝑛  25 °C 

𝑌𝑤𝑝 300 J/kg 𝑇𝑐𝑤
𝑜𝑢𝑡 33 °C 

𝑌𝑣𝑝 90 J/kg 𝑇ℎ𝑤
𝑖𝑛  90 °C 

𝜂𝑤𝑝 0.5 - 𝑇ℎ𝑤
𝑜𝑢𝑡 75 °C 



 

  FCE FFE MSF 

𝑥𝑙𝑑 kg/kg 0.04 0.04 0.04 

𝑥𝑐𝑜𝑛𝑐 kg/kg 0.12 0.12 0.12 

𝑀𝑙𝑑 kg/h 1500 1500 1500 

𝑀𝑑 kg/h 1000 1000 1000 

𝑀𝑐𝑜𝑛𝑐 kg/h 500 500 500 

𝑀𝑟𝑒𝑐 kg/h 21656 0 19734 

𝐴 m2 74.5 79.9 73.3 

𝑃𝑆𝑡ℎ kW 685 277 225 

𝑀ℎ𝑤 kg/h 39358 14412 12904 

𝑃𝑆𝑒𝑙 kW 26.4 14.3 14.0 

𝐶𝐷 kW 670 262 225 

𝑀𝑐𝑤 kg/h 72093 28166 24237 

𝑝𝑚𝑖𝑛 bara 0.066 0.066 0.072 

Table 3: Performance parameters of three types of industrial evaporators as were calculated for a given set of input 

data. 

 

 

 
Figure 7: Heat transfer area requirements per m3 of distillate produced as a function of 𝒙𝒄𝒐𝒏𝒄 and 𝒙𝒍𝒅. 
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Figure 8: Thermal energy consumption per m3 of distillate produced as a function of  𝒙𝒄𝒐𝒏𝒄 and 𝒙𝒍𝒅. 
 

 
Figure 9: Electric power consumption per m3 of distillate produced as a function of 𝑥𝑐𝑜𝑛𝑐 and 𝑥𝑙𝑑. 
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